A methodology for the determination of mass transfer resistances of fast reactions in three-phase mechanically agitated slurry reactors under the reaction conditions is presented. The mass transfer resistances affect significantly the overall mass transfer rate, the design equation and consequently the scale up of the reactor. There is not established methodology to separate the mass transfer resistances under reaction conditions by changing catalyst loading and manipulating the process variables, pressure and agitation speed. This allows to avoid the use of different catalyst particles and give the chance to calculate the mass transfer resistances without caring about the type of catalyst. We calculate each mass transfer resistance under conditions which do not allow to neglect any of the resistances. It is shown that the level off of mass transfer rate which is developed in the plot of mass transfer rate against agitation speed plots is not enough to determine the limiting regime. The hydrogenation of styrene over Pd/C (5% catalyst content) is used as case study to demonstrate the methodology.
Introduction
Gas-liquid-solid three phase reactors are of great importance in pharmaceutical and fine chemical industry. The mechanically agitated slurry reactors are the most common type of three phase reactors which are used within these industries. 1 During the three-phase reactions a number of mass transfer processes need to take place before the surface catalytic reaction: (a) gas-liquid mass transfer, (b) liquid-solid mass transfer, and (c) the combined internal pore diffusion and the surface chemical reaction. Each of the mass transfer processes and the intrinsic reaction rate affect the overall process rate in different extent. 1, 2 The design of three phase reactors requires the determination of the mass transfer coefficients and the reaction rate constant. The determination of mass transfer coefficients becomes even more important when the reaction rate constant and external mass transfer is of comparable magnitude. This happens in the case of fast chemical reactions. In fast chemical reactions, even if intense mixing conditions take place, the external mass transfer processes are not faster than the surface chemical reaction.
Many researchers have used several methods to separate the effect of each of the mass transfer coefficients. Currently, there is not any established methodology for the separation of each of the mass transfer coefficients and the reaction rate constant (a) under the reaction conditions, (b) without changing the size of the catalyst, (c) under conditions which do not allow to neglect any of the rate, and (d) without needing to use low substrate concentration. Many researchers have studied the hydrogenations of unsaturated organic compounds by varying the hydrogen partial pressure but they have not manipulated the overall mass transfer resistance against the square root of hydrogen concentration in gas-liquid interface, C H 2 ;i = MTR H2 vs. C H2;i 0:5 . 3, 4 Tiwari et al. 5 used the plot of C H2;i = MTR H2 vs. C H2;i to calculate the reaction rate constant of the surface reaction of 3,4-dimethoxyphenone, but they assumed negligible external mass transfer resistance in their model. Joshi et al. 6 used also these kind of plots to calculate the reaction constants of homogeneously catalysed styrene hydrogenation. The gas-liquid mass transfer coefficient is usually determined using the dynamic physical absorption method. 2, 3, 7, 8 Cordova and Harriott 9 and Gholap et al. 10 calculated gas-liquid mass transfer coefficient and the liquid-solid mass transfer coefficient by changing catalyst loading and using different size of catalyst particle under reaction conditions. The drawback of varying catalyst size is the requirement of shell type catalyst to ensure interparticle diffusion does not depend on catalyst size. Ruether and Puri 11 separated the reaction rate constant from the mass transfer resistances but they used a very low concentration of substrate to obtain a first-order reaction rate with respect to substrate concentration. In this case the limiting reactant is the substrate, something that occurs in industrial hydrogenators only during the end of the batch reaction.
The objective of this article is to build a methodology for the separation of mass transfer effects in three phase processes in mechanically agitated hydrogenators under the reaction conditions by manipulating the agitation speed and the hydrogen pressure, instead of changing catalyst size. We apply the concept of mass transfer resistance adopting the consideration of Levenspiel 12 about heterogeneous reactions. Therefore, we assume that mass transfer processes and chemical reaction take place in series.
Theoretical Background Mass transfer in hydrogenation process
The overall process of the styrene hydrogenation consists of four steps which take place in series 1,9,13-16 : 1. Absorption of H 2 into g-l interface from bulk gas phase
2. Diffusion of H 2 into liquid phase from g-l interface
3. Diffusion of H 2 from liquid phase to particle external surface
4. Diffusion of H 2 through particle pore structure and chemical reaction on catalyst surface, assuming first-order reaction with respect to H 2
In the case of pure hydrogen or slightly soluble gases, it is unlikely the absorption of H 2 to be the limiting step. As a result it is neglected and the concentration of H 2 at the gl interface is considered to be in equilibrium with the gas phase pressure of hydrogen based on the Henry's law.
15,17
Under the range of pressure and temperature we used, the Henry constant, H E , is calculated by the correlation which is described by Eq. 6 where H E in Mpa, T in K and P H 2 in Pa. 18 Ln H E ð Þ5122:32 4815:6 T 217:5 Á Ln T ð Þ11:4 Á 10 27 Á P H2 (6) Considering that the process reaches steady state conditions fast, the four steps take place under the same rate. The overall rate is determined by the slowest step.
From Eqs. 1-5 and 7, we conclude to the expression of the overall mass transfer rate,
From Eq. 8, we realize that the three components at the denominator act as barriers to the MTR, the higher they are the slower the rate. In an analogy to the Ohm's law, the components of the denominator are called resistances. The denominator represents the overall mass transfer resistance, X H2;tot , on the hydrogenation process. Table 1 gives the definition of each of the resistances. By manipulating appropriately Eqs. 1-5 and 7, we conclude to the following expressions for C H 2 ;i , C H 2 ;L , and C H 2 ;S ,
To express hydrogen concentration on the external catalyst surface, C H 2 ;S , as a function of the hydrogen concentration in gas-liquid interface, C H 2 ;i , we introduce the factor b: Factor b is defined as the ratio between X H 2 ;R and X H 2 ;tot .
Kinetics of surface catalytic reaction
The surface catalytic reaction can be broken down into the elementary steps. Figures 1 and 2 illustrate the dissociative and molecular chemisorption onto catalyst surface, assuming that the substrate and hydrogen do not compete for the same catalyst site. Figure 3 illustrates the surface chemical reaction which is the rate determining step. 12, 19, 20 1. Dissociative and molecular chemisorption onto the catalyst surface A. Hydrogen dissociative chemisorption [21] [22] [23] [24] [25] At the equilibrium,
B. Molecular chemisorption of unsaturated organic compound At the equilibrium, Figure 1 . Hydrogen dissociative chemisorption. (15) 2. Chemical reaction on catalyst surface and desorption of product from catalyst surface. The rate of surface chemical reaction is,
Substituting the expressions of H-M1 and P,
Where, k
M1, M2 5 Catalyst active sites
Despite the reaction rate law that is described in Eq. 16, we have assumed a first-order reaction with respect to the surface concentration of hydrogen, C H 2 ;S , and zero order with respect to the surface concentration of unsaturated organic compound, C R2CH5CH 2;S . To take into account the reaction rate law which is described in Eq. 16, we need to introduce an appropriate expression of the observed reaction constant of the surface reaction, k
We substitute C H2;S from Eq. 12,
Substituting the expression of k 0 obs to Eq. 8 and rearranging, we conclude to the following equation which describes the overall mass transfer resistance of the hydrogenation process, X H2;tot .
We substitute the expression of k 0 obs to X H 2 ;R and we rewrite the expression of factor b.
b5
X H 2 ;R X H 2 ;tot 5 Table 1 gives the definition of each of the resistances. Table 2 illustrates which of the terms of Eq. 18 change with respect to the process variables (N, C H 2 ;i , T) and catalyst concentration.
Methods Materials
Methanol 99.9%, styrene 99%, decane 99%, which were purchased from Sigma Aldrich, were used as solvent, substrate, and internal standard, respectively. Compressed pure hydrogen (UN: 1049) was purchased from BOC. 5% Palladium on activated carbon (Type 87L) was purchased from Johnson Matthey. Table 7 summaries the physical properties of liquid and gas phase.
Hydrogenation of styrene
We chose the hydrogenation of styrene as case study to illustrate the suggested methodology. Experiments were performed in a 0.6 L batch stirred autoclave reactor (Parr Instrument Company, USA), equipped with two 458 pitched turbine type impellers. The diameter of the vessel is 6.5 cm and the diameter of the impellers is 3.5 cm. One impeller was located near the bottom and the second impeller positioned near the surface of the liquid to pull reactant gas down to the liquid phase. The reactor was used in continuous flow with respect to hydrogen. Reaction was monitored by measuring the consumption of hydrogen using a mass flow controller in the inlet of the reactor. Figure 4 illustrates typical accumulative consumption curves of hydrogen in several agitation speeds. The mass flow controller was set to keep the reactor pressure constant. Pressure transducer is used to monitor pressure. The temperature of reaction mixture is maintained at the desired value by using an automatic temperature control. Figure 5 illustrates the experimental set-up. Table 3 gives the operating conditions of the reactor and Table 4 summaries the design characteristics of the reactor. The ratio between liquid and gas phase, V L /V G , was about 1/2.
Results and Discussion

Separation of mass transfer resistances
Separation of X H 2 ;i2L from X H 2 ;L2S and X H 2 ;R
The initial mass transfer rate is independent of styrene concentration. We rewrite Eq. 18 as below,
If one observes the initial MTR H 2 at different catalyst loading, W c , keeping same the rest of the variables (N, C H2;i , and T) and plots X H 2 ;tot vs. V L =W c , then the intercept of the graph will be equal to the 1/K L a. Repeating the same procedure at different agitation speed, the 1/K L a can be calculated for several agitation speeds. Figure 6 illustrates the results. Each subgraph corresponds to a set of different experiments under the same stirrer speed. In each subgraph, the reaction temperature and the concentration of hydrogen in gas-liquid interface are kept constant. The catalyst concentrations varied from 0.05 g cat/L solvent to 1.5 g cat/L solvent while each experiment was repeated three times. The correlation coefficient, r, was calculated to measure the linear association between the experimental data of X H2;tot and V L =W c at each agitation speed. To check if the linear regression models fit the data, the coefficient of determination, r 2 , was calculated. The model residuals analysis showed lack of any particular pattern. The confidence intervals for the models' parameters were also calculated and they are presented in Table 5 . Figure 7 summaries the results. The most significant effect of agitation speed on X H2;i 2 L of agitation speed was observed between 200 and 500 rpm. From 500 rpm up to 900 rpm the agitation speed affects X H2;i2L less. Taking into account the 95% confidence intervals of the calculated parameters, a plateau is developed at agitation speed higher than 800 rpm. The plateau could have been reached because of impeller overloading that affects its ability to disperse all the gas supplied.
Separation of X H 2 ;R from X H 2 ;i2L and X H 2 ;L2S
We rewrite Eq. 18 as below, The experiments took place using one type of impellers (two 458 pitched turbine type impellers) and one experimental set-up which is shown in Figure 5 and its details are given in Table 4 . Therefore, we cannot extract conclusions if the tworegion behavior is case specific or not. the square root of factor b is calculated at agitation speeds from 200 to 1200 rpm and in given catalyst concentration. Once we have got the factor b at any agitation speed, we are able to calculate X H 2 ;R at any agitation speed. The resistance of liquid-solid interface, X H 2 ;L2S is calculated for that particular pressure range by subtracting X H2;i2L and X H2;R from X H 2 ;tot . Figure 9 illustrates the steps of the procedure of calculations.
In this point, we need to notice that if the process is limited by the surface chemical reaction, the slope of X H2;tot vs. ffiffiffiffiffiffiffiffiffi ffi C H2;i p should be nonzero. Otherwise gas to liquid or liquid to solid mass transfer is the limiting regime of the process. Figure  8b illustrates this fact, at 1200 rpm and 0.05 g catalyst/L solvent (Case 1), X H2;tot depends on square root of hydrogen concentration. Conversely, at 900 rpm and 0.125 g catalyst/L solvent (Case 2), X H2;tot is independent of hydrogen concentration. Figure 10 illustrates the contribution of each individual mass transfer resistances for the Case 1 and 2.
The decreasing slope of the plot of X H 2 ;tot with respect to C 0:5 H 2 ;i indicates that the factor b also decreasing. This means that the external mass transfer resistance increases from Region 1 to Region 2. This is also obvious from the increased intercept. Taking into account that the density and surface tension of the liquid phase are practically constant between 0.3 and 1.1 MPa, the gas-liquid mass transfer coefficient can be considered constant. 2 The increase of external mass transfer resistance may be caused by changes of the hydrodynamics patterns due to the increase of pressure. Figure 7 summarizes the separated mass transfer resistances with respect to agitation speed. X H2;L2S presents the most significant decrease between 300 and 400 rpm indicating that the suspension speed lies on that range. A bump of X H2;L2S takes place between 700 and 900 rpm. This may happen because at 700 rpm the stirrer starts pumping large gas volumes which make the density of the gas-liquid mixture to decrease and to cause the formation of gas cavities behind the stirrer blades. This decrease of density and the formation of gas cavities lead to a decrease of the power input with respect to the power input into a pure liquid at the same agitation speed. [26] [27] [28] [29] In other words, the gassed system needs higher agitation speed to have the same power input as the ungassed. Apart from the bump, the X H2;L2S shows the same trend as X H2;i2L , reaching a plateau.
Consequently, the mass transfer resistances are independent of agitation speed after a critical value of agitation speed. Therefore, the limiting regime of fast three-phase reactions cannot be ensured just by observing the plateau of mass transfer rate against agitation speed plots. This is because the plateau can be due to either the external mass transfer resistances or chemical reaction rate. Conversely, the chemical reaction rate regime is ensured if we calculate each resistance and we ascertain that the highest resistance is X H2;R .
Correlations
Gas-Liquid Mass Transfer Coefficient, K L Á a. Several correlations have been developed for the calculation of the gas-liquid mass transfer coefficient. We used the classical correlation based on the theory of isotropic turbulence using the power consumption per liquid volume and the superficial gas velocity to compare our experimental data. 27, [30] [31] [32] [33] [34] [35] 
The power consumption in an ungassed vessel is correlated by using the power number, N p , and the impeller Reynolds number, Re im .
27,36
Figure 8. Mass transfer resistance against square root of hydrogen concentration in gas-liquid interface (left a, right b). Figure 9 . Steps of calculation of X H 2 ;R and X H 2 ;L2S .
Once the impeller Reynolds number has been calculated the power number is approximated by using appropriate graphs of N p with respect to Re im. We used the graph which is developed by Bates et al. 37 In the case of 458 pitched turbine type impellers the power number is constant for impeller Reynolds number higher than 10 3 . The impeller Reynolds number of our system is ranged from 6405 to 38,433, so we considered the power number constant for our application. The power number when more than one impellers are used can be approximated as the power number of single impeller multiplied by the number of impellers (N P;n 5n Á N P;1 ). 38 Rearranging Eq. 23 with respect to power consumption and dividing by the liquid volume V L , we conclude to Eq. 24.
Using the same vessel and configuration of stirrers, the same volume of liquid and under conditions which ensure constant density of liquid phase the n Á
im =V L term can be considered constant.
During the experiments the superficial velocity of hydrogen was being determined by the consumption rate of hydrogen because of the chemical reaction. We plotted the superficial velocity of the hydrogen against the agitation speed. From Figure 11 one realizes that the superficial velocity of hydrogen is practically constant.
Substituting Eq. 24 to Eq. 22 and taking into account that the superficial velocity of hydrogen is constant,
Where,
By applying nonlinear regression analysis, the exponent a 1 and the constant term B were approximated. Figure 12 summarizes the results. The exponent a 1 which is calculated from our data is equal to 0.47. Several researchers have reported the exponent a 1 for their systems to be between 0.3 and 0.65, see Table 6 . This means that the behavior of our system, with respect to K L Á a, is in agreement with the results presented in the literature, justifying the way which we used to calculate the K L Á a.
Liquid-Solid Mass Transfer Coefficient, K S Á a S . In the case of liquid-solid mass transfer coefficient we used the wellknown equation which correlates the Sherwood number with Reynolds and Schmidt number for forced-convection mass transfer from single spheres. 39, 40 Sh521A
To calculate the Reynolds number an appropriate expression of velocity is required. That expression is given from Kolmogoroff's theory of isotropic turbulence which suggests that the The Reynolds number of particle, Re p , is defined as,
The average energy dissipation rate per mass unit in the stirred tank is given by the Eq. 29.
Substituting the expression of power input, P, to Eq. 29,
Therefore, the Reynolds number of particle, Re p , is expressed as,
To approximate the exponent of particle Reynolds number, we set the Schmidt number exponent to 1/3 as this is the most frequent value in the literature. 42 We have already mentioned that the gassed system needs higher agitation speed to have the same power input as the ungassed. Our reactor system can be considered as ungassed up to 600 rpm and gassed for agitation speeds higher than 600 rpm. If one observes the X H2;L2S vs. N, it is clear that the X H2;L2S at 600 rpm and 1000 rpm is almost the same. Because of that, we assumed that the power input at 600 rpm and 1000 rpm is the same. In other words, we assumed that the higher agitation speed has compensated the effect of gassing. Therefore, we did not take into account the interval from 700 rpm to 900 rpm at the correlations.
By applying nonlinear regression analysis to Sh22 ð Þ=Sc
1=3
vs. Re p , the exponent m and the constant term A were approximated. Figure 13 summarizes the results. The exponent m which calculated from our data is equal to 0.46. That value agrees well with the classical Fr€ ossling equation 12, 43, 44 in which the exponent of particle Reynolds number is 1/2. Gholap et al. 10 and Teshima and Ohashi 39 have reported a lower exponent of particle Reynolds number equal to 0.41 while Sano et al. 45 reported an exponent of particle Reynolds number equal to 0.25 for agitated vessels and bubble columns. In our system the constant term A equals 1.86. In the case of steady state diffusion in a stagnant fluid, the Sherwood number equals 2. The term A indicates the contribution of the forced convection to the mass transfer. High values of A indicates high contribution of forced convection to the mass transfer. Miller 46 has reported the A equals 1.1 for mass transfer from fixed solid spheres in agitated vessels. This is in agreement with our results if one thinks that the contribution of forced convection in a system of free moved spheres should be higher than the contribution of fixed spheres. This means that the Figure 13 . Summary of K S Á a S correlation results.
behavior of our system, with respect to K S Á a S , is in agreement with the results presented in the literature, justifying the way which we used to calculate the K S Á a S .
Conclusion
The mass transfer resistances in a three-phase mechanically agitated slurry reactor can be calculated by changing catalyst loading and manipulating only the agitation speed and the pressure of hydrogen. This allows to avoid the use of different catalyst particles and give the chance to calculate the mass transfer resistances without caring about the type of catalyst. The plateau at mass transfer rate against agitation speed plots is not enough to ensure that the process is limited by either chemical reaction or external resistances. Conversely, the limiting regime is ensured by the highest resistance. Our method to determine the limiting regime can be used even if none of the mass transfer rates can be neglected. To justify the proposed methodology by comparing our results with those in the literature, we developed correlations of K L Á a and K S Á a S . The developed correlations are in agreement with the literature. Additional work is needed to clarify the effects of pressure on external mass transfer resistances, especially on liquid-solid mass transfer resistance.
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